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ABSTRACT

Numerous fluids and fluid mixtures have been identified as promising alternatives to the HCFC
refrigerants, but, for many of them, reliable thermodynamic data do not exist. In particular, reliable
thermodynamic properties data and models are needed to predict the performance of the new
refrigerants in heating and cooling equipment and to design and optimize equipment to be reliable
and energy efficient. The objective of the project is to measure, with high accuracy, selected
thermodynamic properties data for one pure refrigerant and nine refrigerant blends; these data will be
used to fit equations of state and other property models which can be used in equipment design. The
new data will fill in gaps in the existing data and resolve problems and differences that exist in and
between existing data sets. Most of the studied fluids and blends are potential replacements for
HCFC-22 and/or R-502; in addition, one pure fluid and one blend are potential replacements for
CFC-13 in low temperature refrigerant applications.

SCOPE

This project involved the measurement of primary thermodynamic data for eight binary
mixtures and one ternary mixture (R125/134a; R32/143a; R125/143a; R143a/134a; R32/290;
R125/290; R134a/290; R41/744; and R32/125/134a) over wide ranges of temperature and
composition. These data consist of measurements of the coexisting liquid and vapor compositions
and bubble-point pressures, as well as near-saturation pressure-density-temperature (p,ρ,T)
measurements. In addition to the primary data for the R41/744 system, single-and two-phase heat
capacity data and isochoric (p, ρ, T) data were obtained for this system. The mixture data for these
systems have been used to determine mixing parameters for the Lemmon-Jacobsen model. Primary
data were also measured for the pure fluid HFC-41. These measurements for HFC-41 included the
determination of vapor pressures; liquid densities; liquid, two-phase, and ideal gas heat capacities;
vapor sound speeds and virial coefficients; and critical point parameters. These data cover wide
ranges of temperature and pressure and have been used (together with available literature data) to fit
an equation of state and other models of the thermodynamic properties. The original proposal called
for similar measurements of primary data for HFC-245ca; since work on this fluid had been funded
by another sponsor, heat capacity and isochoric (p,ρ,T) measurements on the R125/143a system
were substituted. A full summary of the data taken on each system is presented in Table 1; tables of
the thermophysical property data are presented in Appendix A. The experimental uncertainties of
these measurements are reported in Table 2. The descriptions of the apparatus used for the
measurements in this project are presented in Appendix B.

The types of models originally specified for representing the mixture data were changed when
better models became available. The mixture data in this report were used to optimize the parameters
of the Lemmon-Jacobsen model. This model which will be used in REFPROP Version 6.0, has been
shown to be more accurate in representing refrigerant mixture properties than previous models. All
comparisons in this report use the values calculated from the Lemmon-Jacobsen model as the
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baseline. The pure fluid data for HFC-41 have been fit to a modified Benedict-Webb-Rubin (MBWR)
equation of state.

INTRODUCTION

Alternative refrigerants have become increasingly important to industrial applications as the
ozone-depleting refrigerants are being phased out under the requirements of the Montreal Protocol.
The main objective of this project was to measure the data needed to refine the models used by
engineers for evaluating new refrigerants and refrigerant mixtures and for designing refrigeration
cycles. To meet this objective, several tasks were addressed: 1) to measure properties of pure fluids or
mixtures identified as replacements for specific fluids, 2) to investigate the behavior of propane -
containing mixtures (propane has been suggested as an additive to enhance oil solubility, and 3) to
provide data needed to test the ability of models to predict multicomponent mixture properties and
complex phase behavior. The data from this project have been measured to provide property
information on previously unstudied systems, to supplement existing data sets, to resolve problems
and differences between existing data sets, and to refine models used in equipment design. Eight
binary mixtures, one ternary, and one pure fluid were studied in this project.

The phase behavior of a fluid is important in determining if that system will be a suitable
replacement for a pure refrigerant or refrigerant mixture. Azeotropic mixtures are important because
they are mixtures that behave more like pure fluids. A system exhibiting liquid-liquid immiscibility
and an azeotrope may also be exploited in a refrigeration cycle. It was important to gather information
on systems that might exhibit liquid-liquid immiscibility for two reasons. The first reason was to
provide the data needed to examine the behavior of these systems in a refrigeration cycle. The second
reason was to test the capabilities of the Lemmon-Jacobsen model to handle this type of system.

The phase behavior for the systems measured in this report are classified as either Type I or
Type II systems. Figure 1 shows generic examples of these two types of phase behavior. Type I
systems have a continuous critical line and can have an azeotrope; the azeotrope can be either a
positive pressure or a negative pressure azeotrope. All three subclasses of Type I systems were
observed in this study. R32/134a, R125/134a, R32/143a, and R41/744 are nonazeotropic systems with
the simplest type of phase behavior. R32/125 and R143a/134a are Type I systems with positive
pressure azeotropes. R125/143a is a Type I system with a negative pressure azeotrope. Type II
systems have a continuous critical line with liquid-liquid immiscibility. Type II systems also can have
azeotropes, and the liquid-liquid region can either encompass the azeotrope or the azeotrope can be
outside the liquid-liquid region. R32/290, R125/290, and R134a/290 are all believed to be Type II
systems where the liquid-liquid immiscibility region encompasses the azeotrope. The azeotrope
persists into the critical region, but the liquid-liquid region disappears around 310 K (98°F).

SIGNIFICANT RESULTS

Thermophysical Properties of R32/125/134a and Its Constituent Binaries

Property measurements of the ternary R32/125/134a system are important in meeting the
objectives of this project. This ternary is a possible replacement for HCFC-22 and/or R-502, and the
ternary results can be used to test the capability of the Lemmon-Jacobsen model to predict the
thermophysical properties for a ternary system based on the interaction parameters of its constituent
binaries. The constituent binaries of R32/125/134a are also potential replacements for HCFC-22
and/or R-502. Results for two of the constituent binaries were supported under another project, but
will be reported here because of their importance in the model development and in predictions for the
ternary mixture.
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R32/134a

R32/134a is a Type I mixture with no azeotrope. It is one of the least complicated systems to
model, but an important mixture for ternary calculations. The data for the R32/134a system cover 5
isotherms from 279 to 340 K (43 to 152°F). A total of 48 vapor-liquid equilibrium and 44 near-
saturation (p,ρ,T) measurements was made. The data are presented in Tables 3 and 4. The data were
compared to four other data sets available in the literature. The deviations between the data and the
values predicted from the Lemmon-Jacobsen model are presented in Figures 2 - 4. In Figure 2, the
deviations between the bubble-point pressures and the predicted values are presented. The data from
this work agree with the data of Nagel and Bier (1995) within ±l%. Most of the data of Higashi
(1995) and of Widiatmo et al. (1994) also agree with the data of this work within ±1% except for a
few points. The data of Fujiwara et al. (1992) are 3% lower than any of the other data sets.

The scatter in the data might appear large compared to the experimental uncertainties quoted in
Table 2. But a distinction must be made between the experimental uncertainty of a specific parameter
measurement (such as temperature, pressure, or composition) and the state-point uncertainty. The
state point is system dependent and is defined as the equilibrium bubble-point pressure and vapor
composition at a given liquid composition and temperature. Each of the parameters (P,T,x,y) has an
experimental uncertainty associated with the measurement of that property. However, the state-point
uncertainty is a function of the uncertainties of each of these four parameters as well as the
dependencies between them. The experimental uncertainty of the bubble-point pressure state point is
a function of the uncertainty of the temperature measurement, of the liquid composition measurement,
of the pressure measurement, and of the relation of the bubble-point pressure with temperature and
liquid composition for the specific system under study. The state-point uncertainties are different for
each system and vary with temperature and composition. A detailed discussion on estimates of the
state-point uncertainties is presented in Appendix C. The bubble-point pressure state-point uncertainty
for the R32/134a system at temperatures from 280 to 340 K (44 to 152°F) ranges from ±0.22 to
±0.30%.

In Figure 3, the vapor compositions of the data sets are compared. In general, the four data sets
agree within ±0.015 mole or mass fraction HFC-32. The data of Fujiwara et al. (1992) are
systematically 0.015 mole or mass fraction HFC-32 lower than the data of Nagel and Bier (1995). The
vapor-composition state-point uncertainty ranges from ±0.006 to ±0.013 mole or mass fraction
HFC-32 for the R32/134a system at temperatures from 280 to 340 K (44 to 152°F). As with the
bubble-point pressure state-point uncertainty, a similar estimate of the state-point uncertainty of the
vapor composition can be calculated. A detailed discussion of the estimate of the vapor-composition
state-point uncertainty is presented in Appendix C.

The deviations for the near-saturation (p,ρ,T) data for R32/134a are presented in Figure 4. The
liquid densities agree within ±0.5% of the predicted values from the Lemmon-Jacobsen model in
REFPROP 6.0. The vapor densities agree within ±1%. The liquid-density state-point uncertainty for
the R32/134a system at temperatures from 279 to 340 K (43 to 152°F) ranges from ±0.22 to ±0.26%.
The vapor-density state-point uncertainty for the R32/134a system at temperatures from 309 to 340 K
(97 to 152°F) ranges from ±0.32 to ±0.79%. As with the bubble-point pressure state-point uncertainty,
a similar estimate of the state-point uncertainty of the liquid and vapor densities can be calculated. A
detailed discussion of the estimate of the density state-point uncertainties is presented in Appendix C.

R32/125

R32/125 is a Type I mixture with a slight positive pressure azeotrope. The data for the R32/125
system cover 5 isotherms from 279 to 341 K (43 to 154°F). A total of 30 vapor-liquid equilibrium and
45 near-saturation (p,ρ,T) measurements was made. The data are presented in Tables 5 and 6. The
data were compared to four other data sets available in the literature. The deviations between the data
and the values predicted from the Lemmon-Jacobsen model in REFPROP 6.0 are presented in Figures
5 - 7. In Figure 5, the deviations between the bubble-point pressures and the predicted values
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are presented. The data from this work agree with the data of Nagel and Bier (1995) and of Widiatmo
et al. (1993) within ±1% except for one point on the 325 K (125°F) isotherm. Except for two points,
the data of Higashi (1995a) also agree with the data of this work within ±1%. The data of Fujiwara et
al. (1992) are 2% higher than any of the other data sets. The bubble-point pressure state-point
uncertainty for the R32/125 system at temperatures from 280 to 340 K (44 to 152°F) ranges from
±0.15 to ±0.19%.

In Figure 6, the vapor compositions of the data sets are compared. In general, the four data sets
agree within ±0.013 mole or mass fraction HFC-32. The vapor-composition state-point uncertainty
ranges from ±0.008 to ±0.009 mole or mass fraction HFC-32 for the R32/125 system at temperatures
from 280 to 340 K (44 to 152°F).

The deviations for the near-saturation (p,ρ,T) data for R32/125 are presented in Figure 7. The
liquid densities agree within ±1% of the predicted values from the Lemmon-Jacobsen model in
REFPROP 6.0. The vapor densities agree within ±2%. The liquid-density state-point uncertainty for
the R32/125 system at temperatures from 279 to 340 K (43 to 152°F) ranges from ±0.22 to 0.25%.
The vapor-density state-point uncertainty for the R32/125 system at temperatures from 294 to 341 K
(70 to 154°F) ranges from ±0.34 to ±0.90%.

R125/134a

R125/134a is a Type I mixture with no azeotrope. The data for the R125/134a system cover 5
isotherms from 280 to 342 K (44 to 157°F). A total of 30 vapor-liquid equilibrium and 17 near-
saturation (p,ρ,T) measurements was made. Ten bubble-point pressure measurements on standard
mixtures were also made. The data are presented in Tables 7 - 9. Bubble-point pressure measurements
on standard mixtures were included for this system because of difficulties involved with the gas
chromatograph (GC) calibration. The bubble-point pressure measurements eliminate the uncertainty
introduced by sampling and analysis to determine the liquid composition. These measurements
represent an independent verification of the bubble-point measurements from the vapor-liquid
equilibrium measurements, and can be used to check the validity of the GC calibration. The data were
compared to two other data sets available in the literature. The deviations between the data and the
predicted values from the Lemmon-Jacobsen model are presented in Figures 8 - 10. In Figure 8, the
deviations between the bubble-point pressures and the predicted values are presented. The data from
this work agree with the data of Nagel and Bier (1995) within ±2%. Most of the data of Higuchi and
Higashi (1995) also agree with the data of this work within ±2% except for two points. The
bubble-point pressure state-point uncertainty for the R125/134a system at temperatures from 280 to
340 K (44 to 152°F) ranges from ±0.23 to ±0.30%.

In Figure 9, the vapor compositions of the data sets are compared. In general, the four data sets
agree within ±0.018 mole or mass fraction HFC-125. The vapor-composition state-point uncertainty
ranges from ±0.006 to ±0.012 mole or mass fraction HFC-125 for the R125/134a system at
temperatures from 280 to 340 K (44 to 152°F).

The deviations for the near-saturation (p,ρ,T) data for R125/134a are presented in Figure 10.
The liquid densities agree within ±1 % of the predicted values from the Lemmon-Jacobsen model in
REFPROP 6.0. The vapor densities agree within ±2%. The liquid-density state-point uncertainty for
the R125/134a system at temperatures from 280 to 340 K (44 to 153°F) ranges from ±0.21 to ±0.24%.
The vapor-density state-point uncertainty for the R125/134a system at temperatures from 296 to 342
K (73 to 157°F) ranges from ±0.51 to ±1.08 %.

R32/125/134a

The data for the R32/125/134a system cover 5 isotherms from 280 to 340 K (44 to 152°F) with
some additional measurements at temperatures from 221 to 345 K(-62 to 162°F) that were obtained
under a project funded by ICI. A total of 24 vapor-liquid equilibrium and 43 near-saturation (p,ρ,T)
measurements was made. Thirty-four bubble-point measurements on standard mixtures were
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performed to determine the reliability of the GC calibration procedure for a ternary mixture. The data
are presented in Tables 10 - 12. The data were compared to the other data set available in the
literature. The deviations between the data and the predicted values from the Lemmon-Jacobsen
model are presented in Figures 11 - 13. In Figure 11, the deviations between the experimental
bubble-point pressures and predicted values are presented. The data from this work agree with the data
of Nagel and Bier (1995) and of Higashi (1996) within ±3%. The bubble-point pressure state-point
uncertainty for the R32/125/134a system at temperatures from 280 to 340 K (44 to 152°F) ranges from
±0.15 to ±0.30%.

In Figure 12, the vapor compositions of the data sets are compared. In general, the four data sets
agree within ±0.018 mole or mass fraction HFC-32. The vapor-composition state-point uncertainty
ranges from ±0.006 to ±0.013 mole or mass fraction HFC-32 for the R32/125/134a system at
temperatures from 280 to 340 K (44 to 152°F).

The deviations for the near-saturation (p,ρ,T) data for R32/125/134a are presented in Figure 13.
The liquid densities agree with the predicted values from the Lemmon-Jacobsen model in REFPROP
6.0 within ±1%. The vapor densities agree within ±2%. The liquid-density state-point uncertainty for
the R32/125/134a system at temperatures from 244 to 346 K (-21 to 163°F) ranges from ±0.21 to
±0.26%. The vapor-density state-point uncertainty for the R32/125/134a system at temperatures from
313 to 343 K (103 to 158°F) ranges from ±0.32 to ±1.08%.

The Lemmon-Jacobsen model accurately predicted the phase behavior and densities of the
ternary using only the binary interaction parameters. The model did not require any additional
parameters specifically required for the ternary mixture. This result confirms that, for this system, the
Lemmon-Jacobsen model can be used to predict multicomponent mixture properties as long as the
model has been optimized to the binary mixture data.

Mixtures with HFC-143a

Three mixtures with HFC-143a were studied to address the objectives of this work. These
mixtures are potential substitutes for HCFC-22 and /or R-502, and the data for these systems with
different types of phase behavior can be used to test mixture models.

R32/143a

R32/143a is a Type I system with no azeotrope. The data for the R32/143a system cover 5
isotherms from 279 to 340 K (43 to 152°F). A total of 29 vapor-liquid equilibrium and 49 near-
saturation (p,ρ,T) measurements was made. The data are presented in Tables 13 and 14. In Figure 14,
the bubble-point pressures are compared. The bubble-point pressures of this work agree with the
predicted values from the Lemmon-Jacobsen model within ±0.7%. The data of Fujiwara et al. (1992)
are 2 to 3% higher than the data from this work. The bubble-point pressure state-point uncertainty for
R32/143a at temperatures from 280 to 340 K (44 to 152°F) ranges from ±0.14 to ±0.20%

In Figure 15, the vapor compositions are compared. The data of Fujiwara et al. (1992) and this
work agree within ±0.025 mole or mass fraction HFC-32 of the predicted values of the Lemmon-
Jacobsen model in REFPROP 6.0. The vapor-composition state-point uncertainty for R32/143a at
temperatures from 280 to 340 K (44 to 152°F) ranges from ±0.007 to ±0.010 mole or mass fraction
HFC-32.

In Figure 16, the liquid and vapor near-saturation (p,ρ,T) data are compared to the predicted
values from the Lemmon-Jacobsen model in REFPROP 6.0. The liquid densities agree within ±l%
except for the 340 K (152°F) isotherm which is close to the critical point of HFC-143a. The vapor
densities for the two isotherms closest to the critical region also show larger deviations. The liquid-
density state-point uncertainty for the R32/143a system at temperatures from 279 to 340 K (43 to
152°F) ranges from ±0.21 to ±0.24%. The vapor-density state-point uncertainty for the R32/143a
system at temperatures from 294 to 340 K (70 to 152°F) ranges from ±0.27 to ±0.69%.
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R125/143a

R125/143a is a Type I system with a weak negative pressure azeotrope. The data for the
R125/143a system cover 4 isotherms from 280 to 328 K (44 to 131°F). A total of 25 vapor-liquid
equilibrium and 14 near-saturation (p,ρ,T) measurements were made. Eleven bubble-point
measurements on standard mixtures were performed to determine the reliability of the GC
calibration procedure for this binary mixture. The data are presented in Tables 15 - 17. The
single-phase data for the R125/143a system cover 15 isochores from 200 to 400 K (-100 to 260°F)
at pressures up to 35 MPa (5100 psi). Both gas- and liquid-phase (p,ρ,T) data were measured, as
well as liquid-phase heat capacity data. The data are presented in Tables 18 and 19. A total of 281
isochoric (p,ρ,T) data points and 120 isochoric heat capacity measurements was made.

Figure 17 shows the comparison of the bubble-point pressures for R125/143a to the predicted
values from the Lemmon-Jacobsen model. The compositions were difficult to measure because the
vapor pressure curves of these two components are very similar. The experimental uncertainty of
the composition measurements for this system is approximately twice that of the other systems in
this study. The experimental uncertainty of the measured composition is ±0.008 mole or mass
fraction HFC-143a. The data from this work fall between the data of Takashima and Higashi (1995)
and that of Nagel and Bier (1996). The bubble-point pressure state-point uncertainty for R125/143a
at temperatures from 280 to 326 K (44 to 127°F) ranges from ±0.15 to ±0.18%.

Figure 18 shows the comparison of the vapor compositions for R125/143a to the values
predicted from the Lemmon-Jacobsen model. The vapor-composition state-point uncertainty for the
R125/143a system at temperatures from 280 to 326 K (44 to 127°F) ranges from ±0.011 to ±0.012
mole or mass fraction HFC-143a.

The ranges of temperature and pressure for the isochoric (p,ρ,T) data are shown in Figure 19.
Figure 20 shows the comparison of the liquid and vapor near-saturation (p,ρ,T) and the isochoric
(p,ρ,T) data to the predicted values from the Lemmon-Jacobsen model. The near-saturation (p,ρ,T)
liquid densities agree with the model within ±0.8%, and the near-saturation (p,ρ,T) vapor densities
agree with the model within ±0.75%. The liquid-phase isochoric (p,ρ,T) data agree with the model
within ±0.25%, and the vapor-phase isochoric (p,ρ,T) data agree with the model within ±0.85%.
The liquid-density state-point uncertainty for the near-saturation (p,ρ,T) data for the R125/143a
system at temperatures from 280 to 325 K (44 to 125°F) ranges from ±0.24 to ±0.27%. The
vapor-density state-point uncertainty for the near-saturation (p,ρ,T) data for the R125/143a system
at temperatures from 296 to 328 K (74 to 131°F) ranges from ±0.48 to ±0.60%.

R143a/134a

R143a/134a is a Type I system with no azeotrope. The data for the R143a/134a system cover
5 isotherms from 280 to 343 K (45 to 158°F). A total of 29 vapor-liquid equilibrium and 17 near-
saturation (p,ρ,T) measurements was made. Eleven bubble-point measurements on standard
mixtures were performed to determine the reliability of the GC calibration procedure for this binary
mixture. The data are presented in Tables 20 - 22.

Figure 21 shows comparisons of the bubble-point pressures for R143a/134a with the predicted
values from the Lemmon-Jacobsen model. The bubble-point pressures agree with those of Nagel
and Bier (1996) within ±2%. The bubble-point pressure state-point uncertainty for the R143a/134a
system at temperatures from 280 to 340 K (44 to 152°F) ranges from ±0.20 to ±0.25%

Figure 22 shows comparisons of the vapor compositions for R125/143a with the predicted
values from the Lemmon-Jacobsen model. The vapor compositions agree with those of Nagel and
Bier (1996) within ±0.018 mole or mass fraction HFC-143a. The vapor-composition state-point
uncertainty for the R143a/134a system at temperatures from 280 to 340 K (45 to 152°F) ranges
from ±0.006 to ±0.011 mole or mass fraction HFC-143a.
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Figure 23 shows comparisons of the liquid and vapor near-saturation (p,ρ,T) data with the values
predicted from the Lemmon-Jacobsen model. The liquid densities agree with the predicted values
within ±1%. The liquid-density state-point uncertainty for the R143a/134a system at temperatures
from 280 to 340 K (45 to 153°F) ranges from ±0.22 to ±0.24%. The vapor-density state-point
uncertainty for the R143a/134a system at temperatures from 312 to 343 K (102 to 158°F) ranges from
±0.38 to ±0.73%. There were very few vapor-phase (p,ρ,T) data available to optimize the model.
Some preliminary vapor-phase (p,ρ,T) data at much higher temperatures and pressures were used in
the fit. There were significantly more data available than the six near-saturation (p,ρ,T) points
obtained in this work. Because the two data sets were in different regions and the higher pressure set
had significantly more data, the fit has been carried out with a higher weight on the data at the higher
temperatures and pressures. Additional data in the moderate temperature and pressure range are
needed to determine the accuracy of the near-saturation vapor-phase (p,ρ,T) data and to better
optimize the fit.

Mixtures with HC-290

There are two main reasons for studying refrigerant mixtures containing HC-290 (propane). One
of the difficulties with the chlorine-free alternative refrigerants is their immiscibility with the oils used
in refrigeration cycles. The possibility of adding propane to the mixture to enhance oil solubility is
under investigation. In order to model multicomponent systems that contain propane, the mixture
parameters for binary systems containing propane are required. Another reason for studying propane
is to test mixture models for systems exhibiting complex phase behavior. These systems have very
strong positive azeotropes and possible liquid-liquid immiscibility. They provide a very stringent test
for the Lemmon-Jacobsen model and its ability to handle polar/nonpolar mixtures.

Although the Lemmon-Jacobsen model is capable of predicting liquid-liquid immiscibility, the
algorithms implementing it in REFPROP 6.0 do not consider this behavior. Because of the complexity
of this phase behavior, more experimental data are required to model the two separate liquid phases.
Accurate liquid- and gas-phase (p,ρ,T) data and a knowledge of the compositions of the two liquid
phases and gas phase in equilibrium are necessary for accurately determining the interaction
parameters that can be used to model this phase behavior. Unfortunately, the measurements scheduled
for these systems included near-saturation (p,ρ,T) data, but not isochoric (p,ρ,T) data. The
vapor-liquid equilibrium apparatus was not designed to separate and to measure two distinct liquid
phases. In the region where the liquid-liquid immiscibility occurs, no stable liquid densities or
compositions can be recorded. The data available in the literature for these systems are limited, maybe
because all three systems are in the process of being patented. The overall uncertainty of the
measurements and the lack of data to optimize the model have resulted in deviations between the
model and the data that are larger than for the other refrigerant systems.

R32/290

R32/290 is a Type II system with a strong positive pressure azeotrope. It shows the most extreme
phase behavior of the three propane systems studied. It is a mixture of a small, spherical, very polar
molecule with a rod-shaped, nonpolar molecule. The two molecules have strong repulsive interactions
and exhibit a strong positive pressure azeotrope. At temperatures below 310 K (98°F), the liquid
separates into two phases that were observed visually. The vapor-liquid equilibrium apparatus was not
designed to measure two separate liquid phases, but can indicate the presence of two liquid phases by
an unstable liquid composition and density for a constant vapor composition, bubble-point pressure,
and vapor density. Measurements were made outside the liquid-liquid region where the liquid
composition could be measured more accurately. A few measurements were taken to determine the
vapor composition in equilibrium with the two liquid phases.

The data for the R32/290 system cover 5 isotherms from 278 to 341 K (42 to 154°F). A total of
75 vapor-liquid equilibrium and 50 near-saturation (p, ρ,T) measurements was made. The data are
presented in Tables 23 and 24. There were no other data available for comparison for any of the
properties measured for this system.
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Figure 24 shows the comparison of the bubble-point pressures to the predicted values of the
Lemmon-Jacobsen model in REFPROP 6.0. The data agree with the model within ±5%. The bubble-
point pressure state-point uncertainty for the R32/290 system at temperatures from 280 to 340 K (44
to 153°F) ranges from ±0.14 to ±0.63%. The uncertainties for the systems with propane are greater
than for the other refrigerant systems studied because of the greater sensitivity of the bubble-point
pressure to changes in composition. This sensitivity means that small uncertainties in the
composition measurement correspond to much larger uncertainties in the bubble-point pressure.

Figure 25 shows the comparison of the vapor compositions to the predicted values from the
Lemmon-Jacobsen model in REFPROP 6.0. The vapor compositions agree with the model within
±0.05 mole or mass fraction HFC-32. The vapor-composition state-point uncertainty for the R32/290
system at temperatures from 280 to 340 K (44 to 153°F) ranges from ±0.015 to ±0.025 mole or mass
fraction HFC-32. The state-point uncertainties are much larger because of the sensitivity of the
equilibrium vapor composition to both temperature and liquid composition.

Figure 26 shows the comparison of the liquid and vapor near-saturation (p,ρ,T) data to the
predicted values from the Lemmon-Jacobsen model in REFPROP 6.0. The liquid and vapor densities
agree with the predicted values within ±7%. The liquid-density state-point uncertainty for the
R32/290 system at temperatures from 278 to 340 K (42 to 153°F) ranges from ±0.23 to ±0.33%. The
vapor-density state-point uncertainty for the R32/290 system at temperatures from 296 to 341 K (73
to 153°F) ranges from ±0.28 to ±3.10%.

R125/290

R125/290 is a Type II system with a strong positive pressure azeotrope that may exhibit liquid-
liquid immiscibility at temperatures below 280 K (44°F). The data for the R125/290 system cover 8
isotherms from 280 to 364 K (44 to 195°F). A total of 63 vapor-liquid equilibrium and 27 near-
saturation (p,ρ,T) measurements was made. The data are presented in Tables 25 and 26.

In Figure 27, the comparison of the bubble-point pressures for the R125/290 system with the
predicted values from the Lemmon-Jacobsen model in REFPROP 6.0 is shown. The bubble-point
pressures agree with values from the model within ±4.5%. The bubble-point pressure state-point
uncertainty for the R125/290 system at temperatures from 280 to 364 K (44 to 195°F) ranges from
±0.15 to ±0.42%.

In Figure 28, the comparison of the vapor compositions for the R125/290 system to the
predicted values of the Lemmon-Jacobsen model in REFPROP 6.0 is shown. The vapor
compositions agree with the predicted values within ±0.04 mole or mass fraction HFC-125. The
vapor-composition state-point uncertainty for the R125/290 system at temperatures from 280 to 364
K (44 to 195°F) ranges from ±0.006 to ±0.015 mole or mass fraction HFC-125.

In Figure 29, the comparison of the liquid and vapor near-saturation (p,ρ,T) data to the
predicted values of the Lemmon-Jacobsen model in REFPROP 6.0 is shown. The liquid densities
agree with the model within ±2%, and the vapor densities agree within ±3.5%. The liquid-density
state-point uncertainty for the R125/290 system at temperatures from 280 to 325 K (44 to 125°F)
ranges from ±0.26 to ±0.34%. The vapor-density state-point uncertainty for the R125/290 system at
temperatures from 294 to 326 K (69 to 128°F) ranges from ±0.26 to ±2.30% .

R134a/290

R134a/290 is a Type II system with a strong positive pressure azeotrope. The data for the
R134a/290 system cover 6 isotherms from 278 to 357 K (42 to 183°F). A total of 72 vapor-liquid
equilibrium and 52 near-saturation (p,ρ,T) measurements was made. The data are presented in Tables
27 and 28. Because of the liquid-liquid. immiscibility, only qualitative comparisons can be made
with the Lemmon-Jacobsen model.
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Figure 30 shows the comparison of the bubble-point pressures to the predicted values of the
Lemmon-Jacobsen model in REFPROP 6.0. The data of Kleiber (1994) agree with the data from this
work within a few percent. The data of Jadot and Frere (1993) appears to be qualitatively different
from our data and from the data of Kleiber (1994). The bubble-point pressure state-point uncertainty
for the R134a/290 system at temperatures from 280 to 357 K (44 to 183°F) ranges from ±0.13 to
±0.57%.

Figure 31 shows the comparison of the vapor compositions to the predicted values of the
Lemmon-Jacobsen model in REFPROP 6.0. The three data sets agree within ±0.09 mole or mass
fraction HFC-134a. The vapor-composition state-point uncertainty for the R134a/290 system at
temperatures from 280 to 357 K (44 to 183°F) ranges from ±0.005 to ±0.019 mole or mass fraction
HFC-134a.

Figure 32 shows the comparison of the liquid and vapor near-saturation (p,ρ,T) data to the
predicted values from the Lemmon-Jacobsen model in REFPROP 6.0. The liquid densities agree with
the model within ±5%, and the vapor densities show increasing deviations as the temperature
increases. The liquid-density state-point uncertainty for the R134a/290 system at temperatures from
278 to 356 K (40 to 181 °F) ranges from ±0.29 to ±0.42%. The vapor-density state-point uncertainty
for the R125/290 system at temperatures from 311 to 357 K (100 to 183°F) ranges from ±0.24 to
±2.06%.

HFC-41 and R41/744

HFC-41 is a possible substitute for CFC-13. While HFC-23 is most often considered for these
applications, the long atmospheric lifetime and high global warming potential of HFC-23 leaves open
the search for a more environmentally desirable fluid. Unfortunately, HFC-41 is a flammable fluid.
R-744 (carbon dioxide) is a nonflammable fluid, but its freezing point is too high to be used as a
replacement for CFC-13. The expectations that a mixture of R41/744 would have reduced flammability
relative to pure HFC-41 and a lower freezing point than pure R-744 make this mixture an attractive
possibility. Although accurate equations of state exist for R-744, only a preliminary equation of state
for HFC-41 was available. Measurements on HFC-41 were performed, and a new MBWR model was
developed. Measurements were then performed on R41/744, and the Lemmon-Jacobsen model was
optimized to the mixture to allow evaluation of this mixture as a replacement for CFC-13.

HFC-41

A variety of single-phase and two-phase data was collected for HFC-41. A total of 23 vapor
pressure measurements was made in the vapor-liquid equilibrium apparatus. Vapor pressure data were
also measured in the isochoric (p,ρ,T) apparatus. A total of 39 vapor pressure measurements was
obtained with this apparatus. The vapor pressure data are presented in Tables 29 and 30. The vapor
pressure data from this work were combined with the data of Oi et al. (1983), and a vapor pressure
correlation that is valid from the triple point to the critical point was developed. This equation is of the
form,

(1)
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where
τ = 1 - T/Tc,
T = temperature,
Tc = critical temperature,
Pσ = vapor pressure, and
Pc = critical pressure.

The critical temperature used in the fit is 317.28 K (111.4°F). The critical pressure used in the fit is
5.897 MPa (855.3 psia). The coefficients ai are dimensionless and are as follows:

a1 = -7.01707106
a2 = 1.33436478
a3 = -1.78330695
a4 = -1.84394112

Table 31 presents vapor pressures calculated with Equation (1) from the triple point to the critical
point at even temperatures. Equation (1) was used as the ancillary equation for the vapor pressure in
the MBWR model. Figure 33 shows comparisons of the two data sets from this work and the vapor
pressures of Oi et al. (1983) with the calculated values from the MBWR equation in REFPROP 6.0.
The data agree within ±0.3%. The vapor pressure data at the three lowest temperatures from the
VLE apparatus are at such low pressures that the uncertainty of the pressure measurement is
relatively large. The vapor pressures at the lowest four temperatures from the isochoric (p,ρ,T)
measurements also show increasing uncertainty.

The critical point parameters used in Equation (1) were determined from the near-saturation
vapor and liquid (p,ρ,T) data and the vapor pressure data collected in this work. A total of 24 near-
saturation vapor and liquid (p,ρ,T) data points was obtained. The data are presented in Table 32.
The vapor pressure data and near-saturation (p,ρ,T) data were used to estimate the critical point
parameters of HFC-41 using the method of Van Poolen et al. (1994). The critical point temperature
is estimated to be 317.28 ± 0.08 K (111.43 ± 0.24°F). This temperature agrees with those of
Bominaar et al. (1987) and of Biwas et al. (1989) within ±0.12 K (±0.22°F). The critical pressure is
estimated to be 5.897 ± 0.01 MPa (855.3 ± 1.4 psia). This critical pressure agrees within ±0.27 MPa
(±4.3 psia) with the critical pressures of Bominaar et al. (1987) and of Biwas et al. (1989). The
critical density is estimated to be 316.5 ± 1.5 kg/m3 (19.74 ± 0.9 lb/ft3). The critical density agrees
within ±5.1 kg/m3 (±0.34 lb/ft3) of the critical densities of Bominaar et al. (1987) and of Biwas et
al. (1989). A summary of the critical point parameters is presented in Table 33.

Liquid- and gas-phase (p,ρ,T) measurements for HFC-41 were taken along 17 isochores at
temperatures from 132 to 400 K (-222 to 260°F) at pressures up to 35 MPa (5100 psi). A total of
445 isochoric (p,ρ,T) measurements was obtained. The data are presented in Table 34. Saturated
liquid densities for HFC-41 were estimated by extrapolating the isochoric (p,ρ,T) data to the vapor
pressures calculated from Equation (1). These calculated saturated liquid densities are presented in
Table 35. Figure 34 shows the range of temperatures and pressures covered by the isochoric (p,ρ,T)
data. Figure 35 compares the near-saturation (p,ρ,T) liquid densities, the isochoric (p,ρ,T) data, and
the calculated saturated liquid densities from the isochoric (p,ρ,T) data with calculated values from
the new MBWR equation. The densities agree with the predicted values within ±0.3%.

Liquid- and gas-phase heat capacity measurements were taken for HFC-41 along 17 isochores
at temperatures from 148 to 343 K (-193 to 157°F) at pressures up to 33 MPa (4800 psi). A total of
122 isochoric heat capacity measurements and 133 saturated-liquid heat capacity measurements was
obtained. The data are presented in Tables 36 and 37.

Vapor phase sound speed measurements were made from 249.5 to 350 K (-10.6 to 170.3°F).
A total of 37 measurements was obtained. The data are presented in Table 38. The heat capacity and
sound speed data were included in the optimization of the MBWR equation of state for HFC-41.
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Ancillary equations (and their derivatives) for vapor pressure and for saturated liquid and vapor
densities are used by the MBWR fitting routine to calculate values for other thermodynamic
properties. These ancillary equations are used only in the fitting process and are independent of the
final MBWR equation. Figure 36 shows deviations of vapor pressure and of saturated liquid and
vapor densities calculated with the MBWR equation of state from those properties as calculated from
the ancillary equations. Above 194 K (-100°F) vapor pressures calculated with the MBWR equation
have a maximum deviation of ±0.68% from vapor pressures calculated with the ancillary equation.
The MBWR equation shows good agreement with the ancillary equation for saturated liquid density
with a maximum deviation of approximately ±1.2%. Deviations between the MBWR and the ancillary
equation for saturated vapor densities are generally within ±2.0% except above 300 K (80°F) and
below 174 K (-146°F).

Figure 37 shows density deviations of experimental (p,ρ,T) data used to optimize the MBWR
equation from values calculated with the MBWR equation. All of the data were fit to within ±0.66%
and the majority was fit to within approximately 0.2% except in close proximity to the triple point
temperature and the critical temperature. The overall fit of the (p,ρ,T) data has an average absolute
deviation of ±0.048% and a bias of 0.002%.

The formulation of the MBWR equation includes the isochoric and saturated heat capacities
from this work. Ideal heat capacities were obtained from values reported by Chase et al. (1985)
calculated from spectroscopic data. Figure 38 shows deviations of the experimental heat capacity data
used to optimize the MBWR equation from heat capacities calculated from the MBWR equation. The
experimental isochoric heat capacities are fit with a maximum deviation of ±8.0%, and the heat
capacities at saturation are fit with a maximum deviation of ±8.0% with the exception of the point at
134 K (-218°F).

The MBWR equation for R41 presented here shows good agreement with experimental data.
The equation gives reasonable results upon extrapolation to 500 K (440°F) and to pressures of 40
MPa (5800 psia). However, the accuracies are not as good below 170 K (-154°F). The coefficients for
the MBWR equation of state are presented in Table 39.

R41/744

R41/744 is a Type I system with no azeotrope. The data for the R41/744 systems cover 6
isotherms from 218 to 290 K (-68 to 62°F). A total of 37 vapor-liquid equilibrium points was
recorded. The data are presented in Table 40. In Figure 39, the deviations between the bubble-point
pressures and the predicted values are presented. In Figure 40, the vapor compositions are compared
to the predicted values of the Lemmon-Jacobsen model. No other data sets were available for
comparison. The bubble-point pressure data agreed with the predicted values from the Lemmon-
Jacobsen model within ±1.5%. The bubble-point pressure state-point uncertainty for R41/744 at
temperatures from 218 to 290 K (-68 to 62°F) ranges from ±0.19 to ±0.22%. The vapor compositions
agree with the predicted values from the Lemmon-Jacobsen model within ±0.018 mole or mass
fraction of HFC-41. The vapor-composition state-point uncertainty for the R41/744 system at
temperatures from 218 to 290 K (-68 to 62°F) ranges from ±0.006 to ±0.011 mole or mass fraction
HFC-41 .

Isochoric (p,ρ,T) data were also obtained for the R41/744 system. Measurements were taken in
both the gas and liquid phases. The data are reported in Table 41. Figure 41 shows the range of
temperatures and pressures covered by the isochoric (p,ρ,T) data. Figure 42 shows the comparison of
the isochoric (p,ρ,T) data to the predicted values from the Lemmon-Jacobsen model in REFPROP 6.0.
The isochoric (p,ρ,T) data agreed with the predicted values from the Lemmon-Jacobsen model within
±1.0% except for two vapor-phase points.

The R41/744 system is a possible replacement for CFC-13 if the freezing point of the mixture is
significantly lower than the freezing point of pure R-744. Prior to this study, no published data were
available for the solid-liquid equilibria of R41/744 mixtures. Based on known behavior of similar
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mixtures, we expected the freezing points of R41/744 mixtures to fall below that of pure R-744 whose
triple point temperature is 216.59 K (-69.83°F). Previously, we reported the triple point temperature of
HFC-41 to be 129.82 ± 0.04 K (-226.01 ± 0.07°F), as observed in the adiabatic calorimeter. The
calculated freezing point of our equimolar mixture is approximately 186 K(-125°F), which is 13 K
(23.4°F) above the average of the triple point temperatures of HFC-41 and R-744.

To determine some bounds on the freezing point temperature for the equimolar R41/744 mixture
(0.499823 mole fraction HFC-41) (0.43591 mass fraction HFC-41), we condensed the sample into a
precooled PVT cell. In such experiments, the sample would condense to either a liquid or to a solid
after it enters the cell, depending on the initial temperature of the PVT cell. This test required only
minimal additional effort, since the PVT cell had to be filled to carry out PVT experiments. We carried
out two filling experiments. The initial cell temperatures were 180 K and 170 K (-135.6 and -153.7°F),
both at a final pressure of 2 MPa (290 psia). We determined that both samples were liquid phase by
heating the samples and observing a steady rise of pressure of approximately 2 MPa/K (161 psia/°F).
This technique has established that the freezing point of an equimolar mixture is less than 182.5 K
(-131.2°F).

We then employed an adiabatic calorimeter to accurately measure the temperature at which solid
precipitates from a liquid sample of the R41/744 mixture. The calorimeter bomb was filled with a liquid
sample (57.907 g) (0.1277 lb) at a final temperature and pressure of (292.68 K, 7.50 MPa) (67.14°F),
1088 psia). This quantity of material leaves only a small vapor space above the liquid when it was
subsequently cooled. The sample was cooled rapidly to 225 K (-55°F), then slowly to 95 K (-289°F).
We observed the formation of a solid phase at a temperature of 125 K (-235°F), as indicated by a sharp
break in a graph of the recorded temperatures vs. times. We then heated the sample from 95 K (-289°F)
to about 115 K (-253°F), then allowed the sample to equilibrate and measured the small heat leak. The
heater power was then lowered to about 15% of the normal level, and we continued to heat the sample
to 135 K (-217°F). The freezing temperature was observed where the temperature reached a plateau
value for the elapsed time needed to melt the solid phase. Three experiments were carried out. The
elapsed time at the plateau temperature was about 640 minutes. The observed freezing temperatures
were 124.98 ± 0.02 K (-234.72 ± 0.036°F), 124.97 ± 0.02 K (-234.74 ± 0.036°F), and 125.00 ± 0.02 K
(-234.69 ± 0.036°F). Though two heater power levels were selected, no dependence on the applied
power was seen. The observed enthalpies of fusion were 2.069 ± 0.01 kJ•mol-1 (22.79 ± 0.11 BTU•lb-1)
and 2.074 ± 0.01 kJ•mol-1 (22.84 ± 0.11 BTU•lb-1), after corrections for energy to heat the empty
calorimeter and for energy lost to parasitic heat leaks were applied.

The average freezing temperature of 124.98 K ( -234.72°F) is 48 K (86.4°F) below the mole
fraction average of the pure component triple point temperatures, and also is 5 K (9°F) lower than that
of the lowest-melting pure substance in the mixture. This evidence implies that this binary mixture will
have at least one eutectic composition. More extensive experimental and theoretical studies of
solid-liquid transitions are needed to further elucidate this phenomenon.

REFPROP 6.0 and the Lemmon-Jacobsen Model

The REFPROP computer database from the National Institute of Standards and Technology
(NIST) (Huber et al. 1995) has been one of the more widely used tools designed to provide data for the
alternative refrigerants. In the initial versions of REFPROP (Gallagher et al. 1993), the intent was to
provide data on a wide variety of fluids to allow screening studies of possible replacements for the CFC
or HFC refrigerants. For many of these fluids, only sparse data were available, and, consequently, the
database relied primarily on a simple model with few adjustable parameters - the Carnahan-Starling-
DeSantis (CSD) equation of state and/or the extended corresponding states model (Huber and Ely
1994). As the alternative refrigerants have moved from the laboratory to use in commercial equipment,
highly accurate properties are required for a more limited set of fluids. We are now using a new version
of the REFPROP program (designated as Version 6.0) which is currently under development and which
is based on the most accurate pure fluid and mixture models currently
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available. REFPROP 6.0 calculates the thermodynamic properties using comprehensive equations of
state for the pure fluids.

The MBWR and Helmholtz free energy equations of state have been used to represent pure
fluids in this work. HFC-32 and HFC-125 were represented by MBWR equations of state formulated
by Outcalt and McLinden (1995). HFC-134a was represented by a Helmholtz free energy equation of
state formulated by Tillner-Roth and Baehr (1994). HFC-143a was represented by a MBWR equation
of state formulated by Outcalt and McLinden (1994). HC-290 was represented by a MBWR equation
of state formulated by Younglove and Ely (1987). R -744 was represented by a MBWR equation of
state formulated by Ely et al. (1987).

The thermodynamic properties of mixtures are calculated with a new model which was
developed, in slightly different form, independently by Tillner-Roth (1993) and Lemmon (1996). It
applies mixing rules to the Helmholtz energy of the mixture components:
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The first summation in Equation (2) represents the ideal solution; it consists of ideal gas (superscript id)

and residual or real fluid (superscript r) terms for each of the j pure fluids in the n component mixture. The xj ln

xj terms arise from the entropy of mixing of ideal gases where x j is the mole fraction of component j. The

double summation accounts for the "excess" free energy of "departure" from ideal solution. The Fij's are

generalizing parameters which relate the behavior of one binary pair with another; Fij multiplies the
excess
ija term(s), which are empirical functions fitted to experimental binary mixture data. The ar and excess

ija

functions in Equation (2) are not evaluated at the temperature and density of the mixture Tmix and pmix but,

rather, at a reduced temperature and density τ and δ. These τ and δ are very much in the spirit of the conformal

temperature and density of the extended corresponding states method and are a key innovation in this model.

The mixing rules for the reducing parameters are:

x/xwith, −ΣΣ+Σ=

If only limited vapor-liquid equilibrium (VLE) data are available, the excess
ija  term is taken to be zero, and

only the k T,ij and/or k v,ij parameters are fitted. The k T,ij parameter is most closely associated with bubble -point

pressures, and it is necessary to describe systems exhibiting azeotropic behavior. The k v,ij parameter is

associated with volume changes on mixing. (Ternary and higher order mixtures are modeled in terms of the

constituent binary pairs. If extensive data, including single-phase pressure-volume-temperature and

heat-capacity data, are available, the excess
ija function can be determined. The Fij parameter is used (either alone

or in combination with kT,ij and k v,ij) to generalize the detailed mixture behavior described by the excess
ija function

to other, similar binary pairs. Lemmon (1996) has determined the excess
ija function based on data for 28 binary

pairs of hydrocarbons, inorganics, and HFCs. This model is referred to as the Lemmon-Jacobsen model in this

report. The parameters β and γ are a means to account for composition dependence; they were found not to be

needed for the refrigerant mixtures studied here and have been set to unity. Table 42 summarizes the mixing

parameters determined in this work.
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The Lemmon-Jacobsen model provides a number of advantages. By applying mixing rules to the
Helmholtz energy of the mixture components, it allows the use of high-accuracy equations of state for
the components, and the properties of the mixture will reduce exactly to the pure components as the
composition approaches a mole fraction of 1. Different components in a mixture may be modeled with
different forms; for example, a MBWR equation may be mixed with a Helmholtz equation of state. If
the components are modeled with the ECS method, this mixture model allows the use of a different
reference fluid for each component. The mixture is modeled in a fundamental way, and, thus, the
departure function is a relatively small contribution to the total Helmholtz energy for most refrigerant
mixtures. The great flexibility of the adjustable parameters in this model allows an accurate
representation of a wide variety of mixtures, provided sufficient experimental data are available. A
more detailed explanation of the models used in REFPROP 6.0 and the new graphical user interface
incorporated in REFPROP 6.0 was reported by McLinden and Klein (1996).
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NIST has complied with all terms of the grant agreement modulo small shifts in the estimated
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FIGURES



Type II system with a positive pressure azeotrope
Examples - R32/290, R125/290, R134a/290

Figure 1. Types of Phase Behavior for the Refrigerant Mixtures Studied in This Project.



Figure 2. Comparison of Bubble-Point Pressures for the R32/134a System; the Baseline is
from the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 3. Comparison of Vapor Compositions for the R32/134a System; the Baseline is from
the Lemmon-Jacobsen Model In REFPROP 6.0.
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Figure 4. Comparison of Densities for the R32/134a System; the Baseline is from
the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 5. Comparison of Bubble-Point Pressures for the R32/125 System; the Baseline is from
the Lemmon-Jacobsen Model in REFPROP 6.0.



Figure 6. Comparison of Vapor Compositions for the R32/125 System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 7. Comparison of Densities for the R32/125 System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 8. Comparison of Bubble-Point Pressures for the R125/134a System; the
Baseline is from the Lemmon-Jacobsen Model in REFPROP 6.0.



26

Figure 9. Comparison of Vapor Compositions for the R125/134a System; the Baseline
is from the Lemmon-Jacobsen Model in REFPROP 6.0.



Figure 10. Comparison of Densities for the R125/134a System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 11. Comparison of Bubble-Point Pressures for the R32/125/134a System; the
Baseline is from the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 12. Comparison of Vapor Compositions for the R32/125/134a System; the
Baseline is from the Lemmon-Jacobsen Model in REFPROP 6.0.



Figure 13. Comparison of Densities for the R32/125/134a System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 14. Comparison of Bubble-Point Pressures for the R32/143a System; the Baseline is from
the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 15. Comparison of Vapor Compositions for the R32/143a System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 16. Comparison of Densities for the R32/143a System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 17. Comparison of Bubble-Point Pressures for the R125/143a System; the Baseline is from
the Lemmon-Jacobsen Model in REFPROP 6.0.



Figure 18. Comparison of Vapor Compositions for the R125/143a System; the Baseline is from
the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 19. Range of Measured Temperatures and Pressures for Isochoric (p,ρ,T) Data for a Mixture
of R125/143a with x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction).
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Figure 20. Comparison of Densities for the R125/143a System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.



38

Figure 21. Comparison of Bubble-Point Pressures for the R143a/134a System; the Baseline is
from the Lemmon-Jacobsen Model in REFPROP 6.0.



Figure 22. Comparison of Vapor Compositions for the R143a/134a System; the
Baseline is from the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 23. Comparison of Densities for the R143a/134a System; the Baseline is from
the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 24. Comparison of Bubble-Point Pressures for the R32/290 System; the Baseline is from
the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 25. Comparison of Vapor Compositions for the R32/290 System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.



Figure 26. Comparison of Densities for the R32/290 System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 27. Comparison of Bubble-Point Pressures for the R125/290 System; the Baseline is from
the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 28. Comparison of Vapor Compositions for the R125/290 System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 29. Comparison of Densities for the R125/290 System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.



Figure 30. Comparison of Bubble-Point Pressures for the R134a/290 System; the Baseline is
from the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 31. Comparison of Vapor Compositions for the R134a/290 System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.



Figure 32. Comparison of Densities for the R 134a/290 System; the Baseline is from the
Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 33. Comparison of Vapor Pressures for HFC-41; the Baseline is from the Ancillary
Equation for Vapor Pressure.



Figure 34. Range of Measured Temperatures and Pressures for Isochoric (p,ρ,T) Data for
HFC-41.
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Figure 35. Comparison of Densities for HFC-41; the Baseline is from the MBWR Model
in REFPROP 6.0.
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Figure 36. Deviations of the MBWR Equation of State for HFC-41 from Ancillary Equations for
Vapor Pressure, Saturated Liquid Density, and Saturated Vapor Density.
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Figure 37. Deviations of the MBWR Equation of State for HFC-41 from Experimental (p,ρ,T) Data.



Figure 38. Deviations of the MBWR Equation of State for HFC-41 from Experimental Isochoric
Heat Capacity Data at Saturation and in the Single-Phase Liquid Region.
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Figure 39. Comparison of Bubble-Point Pressures for the R41/744 System; the Baseline is
from the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 40. Comparison of Vapor Compositions for the R41/744 System; the Baseline is
from the Lemmon-Jacobsen Model in REFPROP 6.0.
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Figure 41. Range of Measured Temperatures and Pressures for Isochoric (p,ρ,T) Data for
a Mixture of R41/744 with x(R41) = 0.49982 Mole Fraction (0.43591 Mass
Fraction).
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Figure 42. Comparison of Isochoric (p,ρ,T) Data for the Equimolar Mixture of R41/744; the
Baseline is from the Lemmon-Jacobsen Model in REFPROP 6.0.
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APPENDIX A:

TABLES OF THERMOPHYSICAL PROPERTY DATA



Table 1. Summary of the Refrigerant Systems Studied, the Properties Measured for Each System, and the Molecular Weights of the
Pure Components.



Table 2. Summary of the Experimental Uncertainties for the Apparatus Used in This Project.



Table 3. Vapor-Liquid Equilibrium Data for R32/134a Mixtures from 280 to 340 K (44 to 152°F).



Table 3. Vapor-Liquid Equilibrium Data for R32/134a Mixtures from 280 to 340 K (44 to 152°F) (continued).



Table 4. Near-Saturation (p,ρρ ,T) Data for R32/134aMixtures from 279 to 340 K (43 to 152°F).



Table 4. Near-Saturation (p,ρρ ,T) Data for R32/134aMixtures from 279 to 340 K (43 to 152°F) (continued).



Table 5. Vapor-Liquid Equilibrium Data for R32/125 Mixtures from 280 to 340 K (44 to 152°F).



Table 6. Near-Saturation (p,ρρ ,T) Data for R32/125 Mixtures from 279 to 341 K (43 to 154°F).



Table 6. Near-Saturation (p,ρρ ,T) Data for R32/125 Mixtures from 279 to 341 K (43 to 154°F) (continued).



Table 7. Vapor-Liquid Equilibrium Data for R125/134a Mixtures from 280 to 340 K (44 to 152°F).



Table 8. Bubble -Point Pressures for R125/134a Mixtures from 280 to 340 K (45 to 153°F).



Table 9. Near-Saturation (p,ρρ ,T) Data for R125/134a Mixtures from 280 to 342 K (44 to 157°F).



Table 10. Vapor-Liquid Equilibrium Data for R32/125/134a Mixtures from 280 to 340 K (44 to 152°F).



Table 11. Bubble -Point Pressures for R32/125/134a Mixtures from 221 to 345 K (-62 to 162°F).



Table 12. Near-Saturation (p,ρρ ,T) Data for R32/125/134a Mixtures from 244 to 346 K (-21 to 163°F).



Table 12. Near-Saturation (p,ρρ ,T) Data for R32/125/134a Mixtures from 244 to 346 K (-21 to 163°F) (continued).



Table 13. Vapor-Liquid Equilibrium Data for R32/143a Mixtures from 280 to 340 K (44 to 152°F).



Table 14. Near-Saturation (p,ρρ ,T) Data for R32/143a Mixtures from 279 to 340 K (43 to 152°F).



Table 14. Near-Saturation (p,ρρ ,T) Data for R32/143a Mixtures from 279 to 340 K (43 to 152°F) (continued).



Table 15. Vapor-Liquid Equilibrium Data for R125/143a Mixtures from 280 to 326 K (44 to 127°F).



Table 16. Bubble -Point Pressures for R125/143a Mixtures from 280 to 325 K (45 to 125°F).



Table 17. Near-Saturation (p,ρρ ,T) Data for R125/143a Mixtures from 280 to 328 K (44 to 131°F).



Table 18. Isochoric (p,ρρ ,T) Data from 200 to 400 K (-100 to 260°F) for a Mixture of R125/143a
with x(R125) = 0.49996Mole Fraction (0.58812 Mass Fraction).



Table 18. Isochoric (p,ρρ ,T) Data from 200 to 400 K (-100 to 260°F) for a Mixture of R125/143a
with x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 18. Isochoric (p,ρρ ,T) Data from 200 to 400 K (-100 to 260°F) for a Mixture of R125/143a
with x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 18. Isochoric (p,ρρ ,T) Data from 200 to 400 K (-100 to 260°F) for a Mixture of R125/143a
with x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 18. Isochoric (p,ρρ ,T) Data from 200 to 400 K (-100 to 260°F) for a Mixture of R125/143a
with x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 18. Isochoric (p,ρρ ,T) Data from 200 to 400 K (-100 to 260°F) for a Mixture of R125/143a
with x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 18. Isochoric (p,ρρ ,T) Data from 200 to 400 K (-100 to 260°F) for a Mixture of R125/143a
with x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 18. Isochoric (p,ρρ ,T) Data from 200 to 400 K (-100 to 260°F) for a Mixture of R125/143a
with x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 18. Isochoric (p,ρρ ,T) Data from 200 to 400 K (-100 to 260°F) for a Mixture of R125/143a
with x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 19. Isochoric Heat Capacities (Cv) from 205 to 344 K (-90 to 160°F) for a Mixture of R125/143a with
x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction).



Table 19. Isochoric Heat Capacities (Cv) from 205 to 344 K (-90 to 160°F) for a Mixture of R125/143a with
x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 19. Isochoric Heat Capacities (Cv) from 205 to 344 K (-90 to 160°F) for a Mixture of R125/143a with
x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 19. Isochoric Heat Capacities (Cv) from 205 to 344 K (-90 to 160°F) for a Mixture of R125/143a with
x(R125) = 0.49996 Mole Fraction (0.58812 Mass Fraction) (continued).



Table 20. Vapor-Liquid Equilibrium Data for R143a/134a Mixtures from 280 to 340 K (45 to 152°F).



Table 21. Bubble -Point Pressures for R143a/134a Mixtures from 281 to 340 K (46 to 153°F).



Table 22. Near-Saturation (p,ρρ ,T) Data for R143a/134a Mixtures from 280 to 343 K (45 to 158°F).



Table 23. Vapor-Liquid Equilibrium Data for R32/290 Mixtures from 280 to 341 K (44 to 154°F).
(LL- Possibly in a Liquid-Liquid Immiscibility Region)



Table 23. Vapor-Liquid Equilibrium Data for R32/290 Mixtures from 280 to 341 K (44 to 154°F) (continued).
(LL- Possibly in a Liquid-Liquid Immiscibility Region)



Table 23. Vapor-Liquid Equilibrium Data for R32/290 Mixtures from 280 to 341 K (44 to 154°F) (continued).
(LL- Possibly in a Liquid-Liquid Immiscibility Region)



Table 24. Near-Saturation (p,ρρ ,T) Data for R32/290 Mixtures from 278 to 341 K (42 to 153°F).



Table 24. Near-Saturation (p,ρρ ,T) Data for R32/290 Mixtures from 278 to 341 K (42 to 153°F) (continued).



Table 25. Vapor-Liquid Equilibrium Data for R125/290 Mixtures from 280 to 364 K (44 to 195°F).



Table 25. Vapor-Liquid Equilibrium Data for R125/290 Mixtures from 280 to 364 K (44 to 195°F) (continued).
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Table 27. Vapor-Liquid Equilibrium Data for R134a/290 Mixtures from 279 to 357 K (43 to 182°F).
(LL- Possibly in a Liquid-Liquid Immiscibility Region)
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Table 27. Vapor-Liquid Equilibrium Data for R134a/290 Mixtures from 279 to 357 K (43 to 182°F)
(continued). (LL- Possibly in a Liquid-Liquid Immiscibility Region)



Table 28. Near-Saturation (p,ρρ ,T) Data for R134a/290 Mixtures from 278 to 357 K (40 to 183°F).



Table 28. Near-Saturation (p,ρρ ,T) Data for R134a/290 Mixtures from 278 to 357 K (40 to 183°F) (continued).



Table 29. Vapor Pressures for HFC-41 from 219 to 312 K (-66 to 102°F) Using the Vapor-Liquid
Equilibrium Apparatus.



Table 30. Vapor Pressures for HFC-41 Using 132 to 317 K (-222 to 111°F)
Using the Isochoric (p,ρρ ,T) Apparatus.



Table 30. Vapor Pressures for HFC-41 Using 132 to 317 K (-222 to 111°F)
Using the Isochoric (p,ρρ ,T) Apparatus (continued).



Table 31. Vapor Pressures for HFC-41 Calculated from the Vapor Pressure Correlation.



Table 32. Near-Saturation (p,ρρ ,T) Data for HFC-41 from 274 to 296 K (34 to 73°F)



Table 33. Comparisons of Critical Point Parameters for HFC-41.



Table 34. Isochoric (p,ρρ ,T) Data for HFC-41 from 132 to 400 K (-222 to 260°F).
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Table 36. Isochoric Heat Capacities (Cv) for HFC-41 from 148 to 343 K (-193 to 157°F).
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Table 37. Two-Phase Heat Capacities for HFC-41 from 136 to 314 K (-215 to 106°F).
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Table 37. Two-Phase Heat Capacities for HFC-41 from 136 to 314 K (-215 to 106°F) (continued).
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Table 40. Vapor-Liquid Equilibrium Data for R41/744 Mixtures from 218 to 290 K (-68 to 62°F).
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Table 41. Isochoric (p,ρρ ,T) Data from 192 to 400 K (-114 to 260°F) for a Mixture of
R41/744 with x(R41) = 0.49982Mole Fraction (0.43591 Mass Fraction).
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R41/744 with x(R41) = 0.49982 Mole Fraction (0.43591 Mass Fraction)
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Four apparatus were used to acquire the data for this project. These apparatus will be described
in this section.

Vapor-Liquid Equilibrium Apparatus

A schematic diagram of the vapor-liquid equilibrium apparatus used in this project is presented
in Figure B1. The apparatus is designed to allow the liquid and vapor of a fluid to come to
equilibrium. Then the equilibrium pressure and temperature are measured. Also, the liquid and vapor
phase compositions are measured using a gas chromatograph. The main part of the apparatus consists
of an equilibrium cell, two recirculating pumps, and a platinum resistance thermometer that are
contained in a dewar filled with silicone oil. The platinum resistance thermometer has been
calibrated on the ITS-90. The pressure transducer and feed system are contained in an insulated box
with an independent temperature control system to maintain it at a temperature above the
temperature of the dewar. The pressure transducer is an oscillating quartz crystal pressure transducer
calibrated in our laboratory.

One or more mixture components are introduced into the system using the feed system. The
liquid and the vapor are continuously circulated to ensure that the system is well mixed. The liquid
and vapor samples are withdrawn through capillary tubing to gas chromatograph sampling valves
that are used to inject a small quantity of the sample into a helium stream. The helium stream carries
the sample to the gas chromatograph where the mixture components are separated. The procedure for
calibrating the gas chromatograph is outlined in Appendix C.

Bubble-Point and Near-Saturation (p,ρρ ,T) Apparatus

The apparatus used to measure the bubble-point pressures and near-saturation (p,ρ,T) data is
similar to the vapor-liquid equilibrium apparatus described above. The main part of the apparatus
consists of an equilibrium cell, two pumps, and two vibrating tube densimeters. These components
are housed in an oven which is used to control the temperature of the system. Figure B2 shows a
schematic diagram of this system. The liquid pump is located outside of the system and is used when
the system is above room temperature.

The system can either be filled with a standard mixture of known composition, or the liquid
composition can be measured. The liquid and the vapor are continuously circulated to ensure that the
system is well mixed. Once the system is equilibrated, the temperatures of the main cell and both
densimeters are measured, the pressure of the system is recorded, and both the liquid and vapor
densities are recorded. The composition of the vapor phase is calculated from the vapor-liquid
equilibrium data from the VLE apparatus described above. It is assumed that the vapor composition
is that of the vapor in equilibrium with the liquid which is at the temperature and pressure of the
main cell. The reason the vapor composition is not measured directly is because the temperature
gradients in this apparatus adversely affect the vapor composition determination.

Isochoric (p,ρρ ,T) Apparatus

An isochoric technique was employed to measure the single-phase densities in this study. In
this method, a sample of fixed mass is confined in a container of nearly fixed volume. The volume of
the container is accurately known as a function of pressure and temperature. The temperature is
changed in selected increments, and the pressure is measured at each temperature, until the upper
limit of either temperature (400 K (260°F)) or pressure (35 MPa (5100 psia)) was attained. When an
isochore is completed, that is, after the upper temperature or pressure limit of the run has been
reached, the sample is condensed into a lightweight stainless steel cylinder which is immersed in
liquid nitrogen. When the (p,ρ,T) cell and its connecting capillary have been heated to about 20 K
(36°F) above the critical temperature of the sample, the cylinder is sealed, warmed to ambient
temperature, and weighed. The density of the test fluid is then determined from a knowledge of the
cell volume and of the mass difference of the steel cylinder before and after trapping the sample.
Allowances to account for the noxious volumes in the system, such as those of the capillaries and the
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pressure gauge, are made for each point. A small adjustment to the apparent sample mass was made
to account for the change in atmospheric buoyant force acting on the steel cylinder. The density of the
sample fluid is then the quotient of the mass of the sample and the volume of the cell at each pressure
and temperature.

The sample cell, shown in Figure B3, is a cylindrical piece of electrolytic tough pitch copper
containing a cavity with a volume of approximately 28.5 cm3 (1.74 in3). It is suspended inside an
evacuated cryostat from a thin-walled stainless steel tube used for reflux cooling. High resistance
wire wound tightly around the cell is used to heat the cell. The cell temperature is determined with a
platinum resistance thermometer (calibrated at NIST relative to the IPTS-68, with temperatures
converted to the ITS-90) embedded in a small well at the top of the cell. An ultrastable current source
supplies the thermometer with a current of 2 mA. Errors caused by steady-state thermal and contact
EMFs are minimized by averaging voltages measured for opposites directions of current flow. The
temperatures were controlled and reproduced within 1 mK (0.0018°F). The total uncertainty in the
temperature ranged from 10 mK at 100 K to 30 mK at 400 K (0.018°F at -279.7°F to 0.054°F at
260°F).

Pressures are measured by reading the period of vibration, averaged over 10 s, of an oscillating
quartz crystal transducer which is connected to the sample cell through a fine diameter (0.2 mm i.d.
(0.008 in i.d.)) capillary. Since the frequency of the transducer varies with temperature, the transducer
has been anchored in an insulated aluminum block controlled at 333.15 ± 0.05 K (139.98 ± 0.09°F).
The transducer has been calibrated with an oil-lubricated piston gauge, accurate within ±0.01%.
Calibrations have demonstrated that the transducer is extremely stable over long periods of time.
Changes of less than 0.003% were observed over one year. The expanded uncertainty in the pressure
measurements is approximately 0.01 % for pressure greater than 3 MPa (435 psia), but increases to
0.05% at low pressures (1 MPa (145 psia) and lower) as a result of the transducer resolution, of the
fluctuations in the temperature of the pressure transducer, and of the occasional hysteresis in the
vibrational frequency of the quartz element.

Adiabatic Constant Volume Calorimeter

The principal components of the calorimeter used for these measurements are shown in Figure
B4. A spherical bomb contains a sample of well-established mass. The volume of the bomb,
approximately 73 cm3 (4.6 in3), is known as a function of temperature and pressure. A platinum
resistance thermometer is attached to the bomb for the temperature measurement. Temperatures are
reported on the ITS-90, after conversions from the original calibration on the IPTS-68. Pressures are
measured with an oscillating quartz crystal pressure transducer with a 0-70 MPa (0-10000 psia)
range. Adiabatic conditions are ensured by a high vacuum (3x10-3 Pa (4.4x10-4 psia)) in the can
surrounding the bomb, by a temperature-controlled radiation shield, and by a temperature-controlled
guard ring which thermally anchors the filling capillary and the lead wires to the bomb.

For heat capacity measurement, a precisely determined electrical energy (Q) is applied and the
resulting temperature rise (∆T = T2 – T1) is measured. We obtain the heat capacity from

where U is the internal energy, Q0 is the energy required to heat the empty calorimeter, Wpv is the
change-of-volume work due to the slight dilation of the bomb, and n is the number of moles contained
in the bomb. In this work, the bomb was charged with sample up to the (p,T) conditions of the
highest-density isochore. The bomb and its contents were cooled to a starting temperature in the
single-phase liquid region. The measurements were performed with increasing temperature until either
the upper temperature (345 K (161°F)) or pressure limit (35 MPa (5076 psia)) was attained. At the
completion of a run, a small part of the sample was cryopumped into a lightweight cylinder for
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weighing. The next run was started with a smaller density. A maximum of eight runs was measured
with one filling of the bomb. When the runs were completed, the remaining sample was discharged
and weighed. A series of such runs from different fillings completes the investigation of the (p,T,Cv)
surface.

Spherical Resonator Sound Speed Apparatus

Accurate data of the speed of sound of a gas, in our case a refrigerant gas, are obtained from
measurements of the resonant frequencies produced in a stainless steel spherical cavity containing the
gas. Measurements of several radial modes are taken at a very stable temperature and pressure. The
speed of sound is computed from the frequency at each of the modes and an average is taken. The
sphere radius used in the computation of the speed of sound is found from similar measurements of the
radial modes using argon. Highly accurate properties of argon gas, including the speed of sound, are
found in the work of M. Moldover, et al. [Moldover, M. R., Mehl, J. B., and Greenspan, M., J.
Accoust. Soc. Am. 79, 2, (1986)]. Also included in this reference is a detailed description of the theory
of operation of the spherical resonator.

The spherical steel cavity is mounted in a pressure vessel which also contains the gas. This
vessel is surrounded by a temperature shield and is housed in a cryostat which provided cooling for
reduced temperatures. The pressure vessel has been designed for operation at pressures up to 3.5 MPa
(500 psia) and temperatures from 249 K to 350 K (-11.5 to 170.3°F). Figure B5 shows a schematic
diagram of this apparatus.
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Figure B1.   Schematic Diagram of the Dynamic Phase Equilibria Apparatus.
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Figure B2.  Schematic Drawing of Bubble-Point and Near-Saturation

(p,ρρ ,T) Apparatus
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Figure B3.   Schematic Diagram of the Isochoric (p,ρρ ,T) Apparatus.



Figure B4. Schematic Diagram of the Calorimeter.
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Figure B5.  Schematic Diagram of Spherical Resonator Sound Speed

Apparatus
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APPENDIX C:

ESTIMATES OF STATE-POINT UNCERTAINTIES



A state point is a group of parameters that uniquely specifies a point in a system such that there are
no degrees of freedom. For a binary system, if there are two phases in equilibrium and the temperature
and liquid composition (the independent parameters) are known, the state point is specified. The
bubble-point pressure, vapor composition, densities, viscosity, surface tension, and many other
dependent properties are functions only of the temperature and liquid composition along the two-phase
boundary. Therefore, any uncertainties in the temperature and liquid composition directly affect the
uncertainty of the dependent properties. Unlike the measurement of an individual parameter where the
uncertainty is a function of only the calibration and measurement technique, the state-point uncertainty
also depends on the relations among the measured parameters.

The bubble-point pressure state-point uncertainty is defined as the uncertainty of the bubble-point
pressure given the uncertainty of the liquid composition measurement, the uncertainty of the temperature
measurement, the change of the bubble-point pressure with temperature and composition, and the
uncertainty in the pressure measurement. The bubble-point pressure state-point uncertainty can be
estimated using Equation (C1).

The partial derivatives can be calculated using either the experimental data or an equation of state.

The uncertainty of the vapor-composition state-point is a function of temperature , liquid
composition, and the interdependence of the parameters. It can be determined with a calculation similar
to that of the bubble-point pressure state-point uncertainty. The expression for the vapor-composition
state-point uncertainty is shown in Equation (C2).

The uncertainty of the density state point is a function of temperature , composition, and the
interdependence of the parameters. It can be determined with a calculation similar to that of the
bubble-point pressure state-point uncertainty. The expression for the density state-point uncertainty is
shown in Equation (C3).
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The gas chromatograph calibration procedure involves six steps. The first step is the preparation
of two or three standard mixtures for each system. These mixtures are used to determine which GC
column to use, to refine the calibration, and to check the sampling system for adsorption or mixing
problems. The number of mixtures needed is dependent on the type of GC column used to separate
the two components. A short-packed column usually requires two standard mixtures. A capillary
column or long-packed column requires three or more mixtures due to the complex behavior of
adsorption and desorption along the length of the column.

In the second step, the standard mixtures are used to determine which GC column best separates
the two components and what are the appropriate settings on the GC. Table D1 summarizes the GC
columns and settings used for each of the systems in this report.

In the third step of the procedure, density-versus-area data are obtained for the pure components
from the GC. A specific volume is chosen for injection of the sample into the GC. This volume is
filled at different pressures of the pure fluid in a region where the virial equation for the pure fluid
can accurately predict the density. The pressure and temperature of the standard volume are recorded
before each injection. The density of the injected gas is calculated from the virial equation of state.

The fourth step of the procedure characterizes any peak interaction or sample size dependence
by injecting different quantities of the standard mixtures into the GC. The same sample volume used
for the pure fluids is filled to different pressures with the standard mixtures. The area-percent-versus-
sample-size data are recorded.

The fifth step is determining the correct calibration equation to use with the calibration data. For
short- packed columns the area percent of the GC peaks should be independent of the amount of the
standard mixture injected. The calibration equation for this type of column is based on combining the
area-versus-density data of the two pure components. Usually the area-versus-density relationships
for each of the pure components can be represented by a simple quadratic equation. The standard
mixture data is used to optimize the fit and to check the accuracy of the equation.

A capillary column or long-packed column shows a dependence of area percent on the sample
size injected. The calibration equations for these systems are more complicated than for short-packed
columns because they include a size dependence as well as a composition dependence that requires
all of the mixture and pure component data to be used in the fit. The procedure is more complicated
than the procedure for a short-packed column, but is necessary in order to obtain accurate results.

The final step checks the sampling system for losses due to adsorption or inhomogeneous
sampling. The apparatus is filled with one of the standard mixtures and several samples are analyzed
using the sampling system. The composition calculated from the GC should be the same as the
composition of the standard mixture. If the composition is not the same as the standard mixture, one
of the components may be adsorbing to the walls of the sampling system or the sample is not well
mixed before it reaches the GC.

The GC calibration is only accurate within the peak area range of its calibration. If the samples
withdrawn from the system are too large or too small, the calculated compositions will be in error.
The size of the sample withdrawn from the apparatus must be adjusted to stay within the limits of the
calibration.



Table D1. Summary of the Gas Chromatograph Settings, the Separation Columns, and the Standard Reference Mixtures
Used for Each Refrigerant System.
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